Enthalpy Values for Hypothetical Fluids
from Vapor-Liquid Equilibrium Data
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To make complete design calculations on a distillation
column, absorber, stripper, or similar type of equipment,
not only are vapor-liquid equilibrium data necessary, but
enthalpy data for mixtures are necessary as well. In many
instances conditions of constant molal vapor flow and
constant molal liquid flow can not be assumed. Also fre-
quently when tray to tray material and energy balance
calculations are attempted, it becomes evident the avail-
able equilibrium and thermal data are not consistent.
This of course means that either or both types of data are
not correct because thermodynamically, the aforemen-
tioned situation can not exist. Hence the purpose of this
work is to present enthalpy values which are thermody-
namically consistent with the vaporization equilibrium
constants presented previously (7, 8).

Of these two types of data, equilibrium and enthalpy,
necessary for rigorous tray-to-tray calculation considerably
greater effort has been expended gathering, interpreting,
and predicting vapor-liquid equilibrium data than en-
thalpy data. Only in recent years has the need for en-
thalpy data become pressing. This has been brought
about chiefly by the use of low-temperature and high-
pressure operating conditions. Concurrently the number
of attempts to calculate and correlate enthalpy values for
mixtures has increased. Some of the more recent work
has been done by Papadopoulos, Pigford, and Friend (11);
Edmister and Canjar (5); Canjar and Peterka (3); Ed-
mister (4); Peters (12); Sage and Lacey (13); and
Weber et al. (6, 9, 14, 15, 16). Experimental enthalpy
data on mixtures are extremely limited.

Many energy balance calculations require a knowledge
of both liquid and vapor phase enthalpies of mixtures.
The latter can frequently be calculated from an equation
of state. In reality the isothermal effect of pressure on
enthalpy is calculated, and this with enthalpy values for
the pure substances in the ideal gas state makes possible
the evaluation of enthalpy values for the mixture in the
vapor phase.

To complete the caleulation liquid-phase values are
necessary. One approach to the determination of the
liquid-phase enthalpy values is to calculate the value of
the latent heat effect which exists between the saturated
phases and obtain the enthalpy value for the liquid phase
by difference. In the case of mixtures three latent heat
effects may be considered: the isobaric integral, isothermal
integral, or the differential. Edmister (4) and DPeters
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(12) calculated isobaric integral heats of vaporization by
approximate methods, while Weber et al. (6, 9, 14, 15,
16) calculated differential heat effects rigorously.

Since enthalpy is a point function, changes in this prop-
erty in going from a saturated vapor to a saturated liquid
can be evaluated along any convenient path. One path
which could be used to evaluate the isobaric integral heat
of condensation might be as follows (for the purpose of
illustration a binary mixture will be used):

Step 1. Separate at the dew-point temperature the sat-
urated vapor mixture into the pure components.

Step 2. Condense the heavier component at the dew-
point temperature of the mixture.

Step 3. Cool the heavier component now in the liquid
state to the bubble-point temperature.

Step 4. Cool the lighter component in the vapor state
to the bubble-point temperature.

Step 5. Condense the lighter component to a liquid at
the bubble-point conditions.

Step 6. Isothermally mix the two components.

In the process the pressure is constant, the initial and
final compositions are identical, but the temperature has
changed from the dew-point temperature of the mixture
to its bubble-point temperature.

Steps 1 and 6 are fundamentally the same type, and
the heat of mixing involved can be calculated through the
activity coefficient by the relationship

dlny AHwixing H—H°
5 ( 1 ) R R
T P

Equation (1) can be applied to either the liquid or the
vapor phase, and the activity coeflicients represent devia-
tions from the Lewis and Randall rule. Steps 3 and 4 are
basically similar and involve the evaluation of enthalpy
changes for sensible heat effects. Heat capacities of the
real, pure fluids are required in both cases.

Steps 2 and 5 represent condensation processes, and the
presentation of a method to evaluate the enthalpy changes
in these steps is the purpose of this paper. The two com-
ponents of the mixture present somewhat different prob-
lems. If a saturated vapor mixture is separated under iso-
thermal and isobaric conditions into its components, the

heavier component will be in the so-called hypothetical
vapor state (that is the system pressure is greater than

(1)
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Fig. 1. Enthalpy differences and latent heat

values for methane.

the vapor pressure of the substance at the given tempera-
ture). The conditions of temperature and pressure are
such that the pure heavier component would exist only as
a liquid. On the other hand the lighter component will
exist as a real vapor but only as hypothetical liquid, the
system pressure being less than the vapor pressure of the
substance at the temperatnre involved. Or the temperature
may be greater than the critical temperature of the lighter
component.

In step 2 the heavier component is condensed from a
hypothetical vapor to a real liquid, both of these fluids
being at the dew-point temperature and pressure. In step
5 the lighter component is condensed from a real vapor to
a hypothetical liquid. Both of these fluids are at the bub-
ble-point temperature and pressure.

Rigorous thermodynamic relationships are available to
evaluate the heat effects involved in steps 2 and 5. From
the definition of fugacity and the selection of the standard
state (that is the pure substance in a given state, liquid
or vapor, at the temperature and pressure of the system)
the following expressions can be written:

dlnfoL — (H*— H"L)
]1‘ B R (2)
(7)
T P
Similarly for the vapor phase
o — E-3 — HO
d lllf v — (H v) (3)
(%) !
T P
If Equations (2) and (3) are combined, the result is
for
2l
" — (H° —H°L)
= (4)
(7) ‘
al—
T P
or ° .
o — o A
¢ K =__(_H__”_____L);—_—~._E (4a)

() ’
T/ | »
The difficulty in the application of Equation (4) or

(4a) arises in the evaluation of f°» for a hypothetical
vapor in the case of the heavier component and f°z for a
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hypothetical liquid in the case of the lighter component.
In previous papers (7, 8) a method using the van Laar
equation was presented for the evaluation of f°z and f°»
for substances under the conditions mentioned. For a pum-
ber of hydrocarbons, vaporization equilibrium constants,
using these fugacity values, were also presented. The K
values so obtained were also generalized by a correlation
of the Z factor (Pv/KP). Provided the K’s are thermo-
dynamically correct they can be used in Equation (4¢) to
calculate the quantity (H°» — H°L).

Hence the K’s, at constant pressure conditions, pre-
sented previously or obtained from the generalized Z cor-
relations were fitted to a polynomial of the form

B C D
hK=A+—+ —+ —
+T+T‘2+T3 (5)

If Equation (5) is differentiated and substituted into
(4a), the result is

2C 3D (H°»—H°L)
B ———— ——— T — —————————eri
+ T + T2 R (8)

Since the latent heat of vaporization is known at the
saturation temperature Ts, B may be expressed in terms
of the known value of the latent heat, C and D, and Ts.
The relationship for B may be substituted into Equation
(8), and a relationship between In K, A, C, and D ob-
tained:

In K + 2w A+c(———l 2 )+
n = —_—
RT e ToT

b <"1l‘_3_ T;T) )

The constants A, C, and D can be determined by the
method of least squares.

By this procedure a polynominal of the form of Equa-
tion (5) was found to fit the K data well. In most cases
the maximum difference between the curve fit value of K
and the original input value of K was less than 8% and
seldom greater than 5%.

To illustrate some of the results obtained by the applica-
tion of Equation (8) values of the enthalpy differences
between the vapor and liquid states for methane and eth-
ane over the pressure range 100 to 500 Ib./sq. in. abs.
are shown in Figures 1 and 2, respectively. In the case of
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Fig. 2. Enthalpy differences and latent heat
volues for ethane.
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Fig. 3. Enthalpy temperature diagram for methane.

methane the values represent the heat effects when the
real vapor is condensed to a hypothetical liquid, while in
the case of ethane a complete range of values is given,
that is for the hypothetical vapor to the real liquid and for
the real vapor to the hypothetical liquid. For both sub-
stances actual latent heats of vaporization values are
shown.

One interesting feature of the values shown in Figures
1 and 2 is enthalpy differences between the hypothetical
liquid phase and the real vapor phase become negative in
sign at temperatures considerably above the critical tem-
perature. The negative differences are of course brought
about by the fact that the equilibrium constant at a given
pressure goes through a maximum value and then de-
creases. The sign of slope of the K curve on a plot of
In K vs. 1/T changes from negative to positive in this tem-
perature range.

This does not mean the enthalpy, or more accurately the
partial enthalpy, of the component in the liquid phase of
mixture is greater than its enthalpy in the vapor phase of
the mixture. At the conditions under consideration the
concentration of the lighter component in a two-compo-
nent system would be very low, and there would be a
marked deviation from ideal behavior for this component,
hence a relatively large heat of mixing.

The calculated enthalpy differences can be used to cal-
culate enthalpy values for hypothetical fluids. To show
how these values fit with the enthalpy data for the pure
substances in the real state enthalpy vs. temperature dia-
grams for methane and ethane are included as Figures 3
and 4. The data of Matthews and Hurd (10) and Barke-
lew et al. (I) were used for methane and ethane, respec-
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Fig. 4. Enthalpy temperature diagram for ethane.
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tively, on these figures. The hypothetical liquid phase
enthalpy values were obtained by subtracting the enthalpy
differences, at a given temperature and pressure, from the
enthalpy of the real vapor. They extend to the right of the
portion of the two-phase envelope representing the satu-
rated liquid phase.

The enthalpies of hypothetical vapors were also cal-
culated by the method described. It will be noted in Fig-
ure 4 the isobars cross the saturated vapor line and ap-
pear below it. In all cases the enthalpy values for the hy-
pothetical fluids appear consistent with the enthalpy values
for the real fluids. Also the enthalpy values presented are
thermodynamically consistent with the vaporization equi-
librium constants presented previously (7, 8). The neces-
sary experimental data, heat capacities of liquid mixtures,
and heats of mixing to check the enthalpy presented in
this work are not available.

NOTATION

A,B,C.D = empirical constants, Equation (6)

= total enthalpy, B.t.u./lb. mole

partial enthalpy, B.t.u./lb. mole

equilibrium vaporization constant, f°L/f°»
total pressure, Ib./sq. in.abs.

gas law constant, 1.987 B.t.u./lb. mole-°R.
absolute temperature, °R.

fugacity, lb./sq. in.

activity coefficient, for example yr = fL/f°Lx

[

i

I

R i s

Superscripts
° = standard state, temperature and pressure of sys-
tem

*® = ideal gas state

Subscripts

L = liquid phase
s = saturation
v = vapor phase
vap = vaporization
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